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Gas mixing in a tall narrow fluidized bed operated in the slugging fluidization re-
gime is simulated with the aid of computational fluid dynamics. In the first part, a
parametric study is conducted to investigate the influence of various parameters on the
gas mixing. Among the parameters studied, the specularity coefficient for the partial-
slip solid-phase wall boundary condition had the most significant effect on gas mixing.
It was found that the solid-phase wall boundary condition needs to be specified with
great care when gas mixing is modeled, with free slip, partial slip and no-slip wall
boundary conditions giving substantial differences in the extent of gas back mixing.
Axial and radial tracer concentration profiles for different operating conditions are
generally in good agreement with experimental data from the literature. Detailed anal-
yses of tracer back mixing are carried out in the second part. Two parameters,
the tracer backflow fraction and overall gas backflow fraction, in addition to axial pro-
files of cross-sectional averaged tracer concentrations, are evaluated for different
flow conditions. Qualitative trends are consistent with reported experimental findings.
VVC 2010 American Institute of Chemical Engineers AIChE J, 56: 2280–2296, 2010
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Introduction

Gas mixing is important in gas-solid fluidized beds, play-
ing a significant role in determining the conversion and
selectivity of chemical reactions. Therefore, adequate knowl-

edge of gas mixing behavior is needed to understand, evalu-
ate, predict, scale-up, and optimize gas-solid fluidized bed
processes.

Three coefficients are widely utilized to characterize gas
mixing in fluidized beds: the axial dispersion coefficient, the
radial dispersion coefficient, and the back mixing coeffi-
cient.1 Many studies on gas mixing in different fluidization
regimes have been reported.2–11 Gas mixing is usually stud-
ied by injecting tracer gas into experimental fluidized beds.
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Two modes of tracer-injection—transient and steady-state
are commonly employed. Transient (pulse or step change)
tracer injections, often referred to as stimulus-response meth-
ods, are normally used to obtain the residence-time distribu-
tion (RTD). This technique involves injection of a tracer into
the inlet stream or at some point within the reactor and
determination of the corresponding response at the exit or at
some other downstream point within the reactor. For steady-
state tracer studies, a tracer gas is injected continuously at a
single or at several points. Samples are then taken at differ-
ent positions downstream and upstream of the injection to
obtain information on lateral/radial gas mixing. Regardless
of the technique, the interpretation of experimental data is
crucial to the correct understanding of gas mixing. Experi-
mental data are often fitted to appropriate models to charac-
terize the mixing characteristics of the system.12 The most
popular models are diffusion-like dispersion models and
two-phase models.7,13,14

With the continuing improvements in computer power and
numerical algorithms, computational fluid dynamics (CFD)
has become a valuable tool for studying the flow in complex
multiphase systems. Despite remarkable progress in CFD
modeling of gas-solid fluidized beds, little numerical work
on gas mixing in fluidized beds has been reported in the lit-
erature. Patil et al.15 investigated gas dispersion and bubble-
to-emulsion mass transfer in a bubbling fluidized bed based
on computational and experimental studies. By introducing
tracer gas from a central jet, they simulated a single rising
bubble and a bubbling fluidized bed based on a two-fluid
model. CFD predictions were in good agreement with exper-
imental measurements, and fundamental insights of gas mix-
ing with respect to bubble-to-emulsion mass exchange were
obtained. Li et al.16 carried out three-dimensional (3-D)

numerical simulations of single and multiple horizontal gas
jets in a small-scale rectangular bubbling fluidized bed. The
mixing of secondary gas with bed materials was studied by
introducing tracer into gas jets. Both transient and time-aver-
aged results were analyzed to understand the mixing. The
effect of jet velocity and jet arrangement on the mixing was
also evaluated. Although good qualitative agreement was
obtained with experimental and modeling results, direct
quantitative comparison between numerical results and ex-
perimental data is lacking.

The objective of this study is to investigate the gas mixing
in fluidized beds and the ability of CFD to predict the mix-
ing. 3-D and 2-D numerical simulations are performed to
simulate the gas mixing in a lab-scale fluidized bed operat-
ing in the slugging flow regime. Predicted axial and radial
tracer concentration profiles are compared with experimental
data from the literature to test the numerical predictions.
Comprehensive parametric studies are next carried out to
evaluate the influence of various parameters on gas mixing.
Further analyses are then performed to provide insight into
the gas mixing mechanisms in fluidized beds.

Experiments of Gilliland and Mason

Gilliland and Mason2,3 carried out pioneering investiga-
tions of gas mixing in tall, narrow fluidized beds subject to
steady-state tracer injection. Full details were provided by
Mason.17 In the experiments, back mixing and residence-
time studies were conducted in two columns of similar ge-
ometry, but different diameter. Here, we focus our numerical
simulations on the smaller unit in which the back mixing
studies were conducted. The experimental column was a
76 mm I.D. cylindrical Lucite tube of height 1,830 mm, sur-
rounded by a disengaging section of square cross section and
height 914 mm, connected to a cyclone separator to recycle
entrained particles. A schematic diagram of the apparatus is
shown in Figure 1.

Air and two types of solid particles, spherical glass beads
and petroleum cracking catalyst, were used in the experi-
ments. For each type of bed material, particles of different
sizes were used. Metered air was introduced into the bottom
of the column through a conical section and was distributed
by a 200-mesh screen supported by a heavier wire screen.
The bed height was adjusted so that the top of the fluidized
bed remained slightly below the disengaging section. To
study the gas mixing, helium tracer was injected into the
column through an upward-facing 5 mm glass tube on the
axis of the column, 1.05 m above the distributor plate. Gas
at different radial positions above and below the injection
point, was then sampled through a horizontal steel tube of
1.9 mm outer diameter. In the residence-time studies, the he-
lium was introduced into the conical section below the 200-
mesh screen and sampled right above the bed surface. The
tracer concentration in the gas sample were measured by a
gas-density balance method and thermal conductivity ana-
lyzer. All experimental data are well tabulated.17

CFD model

In our numerical study, a two-fluid Eulerian-Eulerian
model is employed, with each phase treated as an

Figure 1. Schematic diagram of the apparatus of gas
mixing in the experiments of Mason.17

(a) disengaging section, (b) fluidization column, (c) 200-
mesh screen, and (d) conical windbox section).
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Table 1. Governing Equations and Constitutive Correlations

(A) Conservation laws
Mass conservation

@

@t
ðagqgÞ þ r � ðagqg~VgÞ ¼ 0

@

@t
ðapqpÞ þ r � ðapqp~VpÞ ¼ 0

Momentum equation

@

@t
ðagqg~VgÞ þ r � ðagqg~Vg

~VgÞ ¼ r � s¼g;eff � agrPþ agqg~gþ bgpð~Vg � ~VpÞ

@

@t
ðapqp~VpÞ þ r � ðapqp~Vp

~VpÞ ¼ r � r¼p � aprPþ apqp~gþ bgpð~Vp � ~VgÞ

Species transportation

@

@t
ðagqgYtÞ þ r � ðagqg~VgYtÞ ¼ r � qgDm þ lg;t

Sct

� �
rYt

� �

Turbulence model

@

@t
ðagqgkÞ þ r � ðagqg~VgkÞ ¼ r � ag

lg;t
rk

rk

� �
þ agG� agqgeþPp;k

@

@t
ðagqgeÞ þ r � ðagqg~VgeÞ ¼ r � ag

lg;t
re

re

� �
þ ag

e
k
ðC1G� C2qgeÞ þPp;e

(B) Constitutive models Stress tensors
Stress tensors

s
¼
g;eff ¼ s

¼
g þ s

¼
g;t

r
¼
p ¼ r

¼
p;vis þ r

¼
p;fric

Granular Kinetic Theory

3

2

@

@t
ðapqpHpÞ þ r � ðapqp~VpHpÞ

� �
¼ ð�Ps;vis I

¼ þ s
¼
p;visÞ : ~Vp þr � jp;HrHp

� �� cH þ /gp

Ps,vis ¼ apqpHp (1 þ 2apg0,p (1 þ ep))

g0;p ¼ 3

5
1� ap

ap;max

� �1
3

" #�1

r
¼
p;vis ¼ �Ps;vis I

¼ þ s
¼
p;vis

s
¼
p;vis ¼ lp½r~Vp þ ðr~VpÞT � þ kp � 2

3
lp

� �
I � r � ~Vp

(Continued)
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interpenetrating continuum. Mass and momentum conserva-
tion equations are solved for the gas and solid (particulate)
phases, with appropriate closure relations. The flow is

assumed to be isothermal and the gas phase incompressible.
Governing equations for the solid phase are closed by granu-
lar kinetic theory.18,19 The k � e model is employed to

lp ¼
4

5
a2pqpdpg0;pð1þ epÞ

ffiffiffiffiffiffi
Hp

p

r
þ

5
ffiffi
p

p
48

qpdp
ffiffiffiffiffiffi
Hp

p
ð1þ epÞg0;p 1þ 4

5
g0;p apð1þ epÞ

� �2

kp ¼ 4

3
a2pqpdpg0;pð1þ epÞ

ffiffiffiffiffiffi
Hp

p

r

jp;H ¼ 150qpdp
ffiffiffiffiffiffiffiffiffi
Hpp

p
384ð1þ epÞg0;p 1þ 6

5
apg0;pð1þ epÞ

� �2
þ2qpa

2
pdpð1þ epÞ

ffiffiffiffiffiffi
Hp

p

r

cH ¼ 12ð1� e2pÞg0;p
dp

ffiffiffi
p

p qpa
2
pH

3
2
p

fgp ¼ �3bgp Hp

Frictional model

r
¼
p;fric ¼ �Ps;fric I

¼ � sin/ffiffiffiffiffiffi
I2D

p D
¼
p

� �

Ps;fric ¼
0 ap \ ap;min

Fr
ðap�ap;minÞn
ðap;max�apÞp ap � ap;min

(

Fr ¼ 0.05; n ¼ 2; p ¼ 3

Turbulence model

Pp;k ¼ bgp kgp � 2k þ ð~Vp � ~VgÞ �~vp;dr
� �

Pp;e ¼ C3

e
k
Pp;k

lg;t ¼ qgCl
k2

e

G ¼ s
¼
g;t : r~Vg

rk ¼ 1.0; re ¼ 1.3; C1 ¼ 1.44; C2 ¼ 1.92; C3 ¼ 1.2; Cl ¼ 0.09

Drag correlation

bgp ¼
150

apð1�agÞlg
agd2p

þ 1:75
apqg ~Vp�~Vgj j

dp
if ag \ 0:8

3
4
CD;pa�2:65

g

apagqg ~Vp�~Vgj j
dp

if ag � 0:8

8><
>:

CD;p ¼
24

Rep�ag ð1þ 0:15ðRep � agÞ0:687Þ if Rep � ag \ 1000

0:44 if Rep � ag � 1000

(

Rep ¼
qg ~Vp � ~Vg

�� ��dp
lg

Table 1. (Continued)

AIChE Journal September 2010 Vol. 56, No. 9 Published on behalf of the AIChE DOI 10.1002/aic 2283



model the gas-phase turbulence, with additional terms to
take into account the effect of dispersed solid phase. The
conservation equations of mass and momentum for each
phase and constitutive relations, summarized in Table 1, are
solved using Fluent 6.3 software.20

In Table 1, subscripts g and p denote the gas and particu-
late phases, respectively; a, q are the volume fraction and
density; d is the diameter, and ~V velocity. P is the gas pres-
sure shared by both phases; b represents the interphase drag
coefficient; and ~g is the gravitational acceleration. Dm is the
molecular diffusivity; lg,t the turbulent viscosity and Sci the
turbulent Schmidt number. H is the granular temperature, Ps

the solid pressure, ep the restitution coefficient for interpar-
ticle collisions, and ap,max the maximum volume fraction
occupied by particles.

The numerical domain matched the experimental setup,
except for the disengaging section where a round cross sec-
tion is simulated. The cylindrical column was discretized
with about 0.1 million grid points. The mean grid size is
about 4 mm, slightly coarser in the disengaging section. The
grid size for a grid-independent simulation is mainly deter-
mined by the particle size.21 Given previous simulations of
gas-solid fluidized bed of similar particles,22,23 the current
grid size is believed to be sufficient. In addition, a grid-inde-
pendent study was performed for 2-D simulations with grid
sizes of 3, 4, and 5 mm. No significant differences were
observed for all of these grids. A 3-D grid-independent study
could not be performed due to the extremely high-computa-
tional load of the 3-D simulation, with a typical computa-
tional time of 8 h for 1 s of real-time simulation on a work-
station with two quad-core Intel Xeon CPUs working at 2.93
GHz.

The particle (glass beads) properties and operating condi-
tions are listed in Table 2, whenever possible obtained from
the literature.17 When parameters were not reported, such as
static bed height, restitution coefficients and specularity coef-
ficient, reasonable values were assumed based on previous
work in the literature. Parametric studies were later per-
formed on these parameters as discussed below.

At the lateral sidewall, we adopted a no-slip boundary
condition for the gas phase and a partial-slip boundary con-
dition for the solid phase24

~n � lpr~Vp;w ¼ � p/qpap~Vp;wg0;p
ffiffiffiffiffiffiffiffiffi
3Hp

p
6ap;max

(1)

and

~n � jp;HrHp ¼ p
6

ffiffiffi
3

p ap
ap;max

qpg0;p
ffiffiffiffiffiffi
Hp

p
V2
p;w

� p
4

ffiffiffi
3

p ap
ap;max

ð1� e2wÞqpg0;pH
3
2
p ð2Þ

Here ~n is the unit vector normal to the wall, and ~Vp;w the
particle slip velocity parallel to the wall. / is the specularity
coefficient, an empirical parameter qualifying the nature of
particle-wall collisions. Its value depends on the roughness of
the wall and ranges from zero for perfect specular collisions to
unity for perfectly diffuse collisions. A smaller specularity
coefficient generally denotes a smooth wall with less friction.
In Eq. 2, ew is the particle-wall restitution coefficient, and jp,H
is the diffusion coefficient for granular energy. At the top
boundary, constant pressure was assumed, and particles were
free to leave the system. For the bottom distributor and the
tracer flow inlet, uniform gas velocities were specified, with
no particles entering the domain.

In the simulations, the bed was initially charged with sta-
tionary particles to a certain height with a volume fraction
of 0.6. The particles were then fluidized by the primary gas
flow through the bottom distributor. After fully developed
flow was achieved, helium was continuously injected
into the system through the central tube 1.05 m above the
distributor.

Results and Discussion

In this section, numerical results are presented and com-
pared with the experimental data. The influence of several
parameters, including bed height, tracer flow rate, restitution
coefficient, turbulence diffusion, and wall boundary condi-
tion, on the tracer back mixing is then analyzed. Finally, gas
back mixing is investigated in terms of two new parame-
ters—tracer backflow fraction and gas backflow fraction.

General flow behavior

According to the Stewart and Davidson correlation,25 the
minimum slugging velocity for a deep cylindrical column
can be estimated by

Ums ¼ Umf þ 0:07
ffiffiffiffiffiffi
gD

p
(3)

where D is the column diameter, and Umf is the minimum
fluidization velocity, which can be estimated by the Wen and
Yu correlation.26 In this study, three different superficial gas
velocities, 0.183, 0.274, and 0.354 m/s, were simulated, all
well above the minimum slugging velocity of 0.08 m/s
predicted by Eq. 3. In a recent experimental study on the
transition from bubbling to turbulent fluidization in a column
of 0.07 m dia. with very similar material properties,27 the
transition velocity for 159 lm glass beads from slugging to
turbulent fluidization was reported to be 0.9 m/s. Hence, it is
expected that all three cases are in the slugging regime. Our
simulations also predicted slugging flow patterns.

Tracer concentration profiles

When helium was injected upward through the central
tube at a constant flow rate, the mean concentrations in the
exit stream were found to be �16%, 16%, and 11% for

Table 2. Material Properties and Base Operating Conditions

Property Value

Particle diameter, dp 155 lm
Particle density, qp 2420 kg/m3

Superficial gas velocity, Ug 0.183, 0.274, and 0.354 m/s
Expanded bed height, H 1.8 m
Gas density, qg 1.2 kg/m3

Gas viscosity, lg 1.8 � 10�5 Pa.s
Diffusion coefficient, Dm 2.88 � 10�5 m2/s
Schmidt number, Sc 0.52
Restitution coefficient, ep 0.98
Specularity coefficient, f 0.05
Particle-wall restitution coefficient, ew 0.8
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superficial gas velocities of 0.183, 0.274, and 0.354 m/s,
similar to the corresponding experimental mole fractions of
16.5%, 16.5% and 9.2%. As in the experimental gas sam-
pling, transient numerical results were averaged over 20 s
intervals to obtain steady tracer concentration profiles. The
first 15 s after initiating tracer injection is excluded to elimi-
nate startup effects. Tracer concentrations are usually scaled
with the exit tracer concentration c0, defined as

c0 ¼ Qtracer=Qgas (4)

where Qtracer is the volumetric flow rate of tracer at the injector
and Qgas is the total gas flow rate at the exit.

Axial concentration profiles

Axial profiles of specific tracer concentrations at the cen-
tral axis (r ¼ 0) are compared with experimental data from
the literature in Figure 2 for three superficial gas velocities.17

There are no data on the axis from 1.0 to 1.05 m due to the
presence of the tracer injection tube. As for the experimental
measurements, the concentration is very high immediately
above the injection point, decreasing gradually downstream
due to radial dispersion. Low tracer concentrations are
predicted below the injection level, indicating finite back
mixing.

Similar axial profiles of the specific concentration at r ¼
28 and 36 mm are compared with experimental data in Fig-
ures 3 and 4, respectively. The simulated results again show
a trend similar to the experimental data.

The experimental steady tracer concentration distribution
is assumed to be axisymmetric. To test this assumption, axial
profiles of mean tracer concentrations are compared for azi-
muthal angles of 0, 90, 180, and 270� in Figure 5. Good
consistency among them confirms good axisymmetry in the
time-averaged flow field.

Radial profiles

Radial profiles of tracer concentration at several down-
stream levels are compared with experimental data in Figure
6. Again, the experimental data were measured along one ra-
dius. Both predicted and experimental profiles are bell
shaped, with the maxima directly above the injection point.
Numerical predictions show good agreement with the experi-
mental data, except for over-prediction of the concentration
peaks at a height of 1.2 m. This may be due to limited grid
resolution at the tracer injection port. Moreover, experimen-
tal measurement of tracer concentration immediately down-
stream of the injection is very difficult, leading to high
uncertainty in these data points relative to others.17

Upstream tracer is the major concern in gas back mixing
studies. Numerical radial concentration profiles at different
upstream levels are compared with experimental data in Fig-
ure 7. There is good qualitative agreement, with substantial
gas back mixing close to the wall. However, the magnitude
of specific tracer concentration is underpredicted by about
60%, except for Ug ¼ 0.183 m/s at z ¼ 0.8 and 0.9 m. This
underprediction is more significant for high-superficial gas
velocities, as discussed in the next section.

Figure 2. Axial profiles of specific tracer concentration
at r 5 0 for Ug 5 (a) 0.183 m/s, (b) 0.274 m/s,
and (c) 0.354 m/s.

Figure 3. Axial profiles of specific tracer concentration
at r 5 28 mm for Ug 5 (a) 0.183 m/s, (b) 0.274
m/s, and (c) 0.354 m/s.
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Parametric studies

In numerical simulations, parametric study is needed when
the exact value of an input parameter is not available or
when the sensitivity of results to a certain parameter is
required. In the experiments,2 values of the static bed height,
tracer gas flow rate, and restitution coefficients were not
reported. In the aforementioned simulations, values for these
parameters were approximate. Here, parametric studies are
undertaken to investigate the impact of these parameters on
the simulation results, in particular, on the gas mixing
behavior, and to identify the reason for under-predicting the

back mixing. In addition, the applicability of some modeling
assumptions is examined.

Even with greatly improved computational facilities, 3-D
simulations are expensive and time-consuming. Hence, 2-D
simulations are often performed to study hydrodynamics in
3-D columns.28–33 However, there are hydrodynamic differ-
ences between 2-D and 3-D fluidized beds.34 Differences
between 2-D and 3-D numerical simulations of fluidized
beds have been discussed,35–37 and the reasons for the differ-
ences have been analyzed.38 Caution must be taken when
using 2-D numerical simulations to predict 3-D behavior in
slugging and turbulent fluidized beds. However, 2-D simula-
tions can be used to conduct sensitivity analyses. Here, 2-D
simulations are carried out for the system, represented by an
axial slice at the center of the column. Except where other-
wise noted, values in Table 2 are used for the parametric
studies.

Comparison between 2-D and 3-D results

Before performing the sensitivity analyses, differences
between the 2-D and 3-D simulations were briefly examined
by comparing radial profiles of voidage, gas and solid veloc-
ities, and tracer concentration. The tracer flow rate in the
2-D simulation was set to match c0 in the 3-D simulation.
All other conditions were the same. To eliminate the influ-
ence of the central tracer injection, only upstream profiles
are compared. Figure 8 compares profiles of mean solid-vol-
ume fraction, gas and solid vertical velocities, and tracer
concentration at z ¼ 0.9 m for 2-D and 3-D simulations.
There are significant differences between the 2-D and 3-D

Figure 4. Axial profiles of specific tracer concentration
at r 5 36 mm for Ug 5 (a) 0.183 m/s, (b) 0.274
m/s, and (c) 0.354 m/s.

Figure 5. Axial profiles of mean tracer concentration at
r 5 3.63 cm at different azimuthal angles for
Ug 5 0.354 m/s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 6. Radial profiles of mean tracer concentration
at downstream levels for Ug 5 (a) 0.183 m/s,
(b) 0.274 m/s, and (c) 0.354 m/s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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simulations, although they are qualitatively similar. These
results emphasize that 2-D simulations can only be used to
perform qualitative sensitivity analyses, a finding consistent
with results in the literature.37

Bed height

The static bed height influences the hydrodynamics and
chemical reaction in fluidized-bed reactors. In the experi-
ments, the mass of particles in the bed for any given superfi-
cial gas velocity was adjusted so that few particles entered
the bottom of the disengaging section.3 Hence, the expanded
bed heights were maintained at �1.8 m in our simulation.
To investigate the influence of static bed height on gas back
mixing, three initial bed heights of 0.92, 0.81, and 0.73 m
were simulated, with an initial solid-volume fraction of 0.6.
The corresponding expanded bed heights are about 1.85,
1.65, and 1.45 m for Ug ¼ 0.35 m/s. As for the 3-D results,
the mean concentration was obtained by averaging the tran-
sient results for 20 s. It was noted that the 2-D concentration
profiles tend to show less symmetry than the 3-D simula-
tions. Gas back mixing was slightly higher for the high-bed
loadings, but the impact of bed height was small. For exam-
ple, the mean difference between tracer concentrations at
z ¼ 1.0 m are 6% for bed heights of 1.65 and 1.85 m and
17% for bed heights of 1.45 and 1.85 m.

Tracer flow rate

In the experiments, tracer was injected at flow rates such
that the mean concentration in the exit stream was �10% in

most runs. However, for low-superficial gas velocities, c0
was as high as 16%.17 In our simulations presented above,
c0 was 11 and 16% for high- and low-superficial gas veloc-
ities, respectively. Here, c0 of 11 and 16% are simulated for
Ug ¼ 0.35 m/s. Tracer concentration profiles at three
upstream levels z ¼ 0.7, 0.9, and 1.0 m are plotted in Figure
9. It can be seen that tracer back mixing was higher for low-
tracer flow rates than for high-tracer flow rates. This is at-
tributable to the increased upward gas velocity through the
tracer inlet as the tracer flow rate increased, causing the
tracer to penetrate further downstream, making it more diffi-
cult to be carried upstream by downward solids flow. In our
3-D simulations, the differences between the numerical and
experimental tracer flow rates were too small for this to
explain the significant CFD underprediction of upstream con-
centration.

Particle-particle restitution coefficient

The particle-particle restitution coefficient is an important
parameter in granular kinetic theory, characterizing the
energy dissipation due to inelastic collisions. For glass beads
of 3 mm in diameter, the restitution coefficient measured in
detailed impact measurements at room-temperature is about
0.97 � 0.01.39 However; the restitution coefficient is not
truly constant. Instead it depends on the impact velocity, and
is said to approach unity when the impact velocity
approaches zero.40 In numerical simulations, this parameter
is treated as a constant and usually set in the range 0.9–
0.995.31,41–47 Although the influence of restitution coefficient
has often been studied, it was still deemed to be necessary
to perform a sensitivity analysis for this parameter as no

Figure 7. Radial profiles of mean tracer concentration
at upstream levels for Ug 5 (a) 0.183 m/s, (b)
0.274 m/s, and (c) 0.354 m/s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 8. Radial profiles of time-averaged (a) solid-vol-
ume fraction, (b) gas-vertical velocity,
(c) solid-vertical velocity, and (d) tracer con-
centration at z 5 0.9 m from 2-D and 3-D
simulations (Ug 5 0.35 m/s, H0 5 0.92 m, c0 5
0.11, ep 5 0.98, / 5 0.05, ew 5 0.8).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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information has been reported on its influence on gas mix-
ing. ep ¼ 0.9, 0.95, and 0.98 were tested. It has been
reported in the literature that lower restitution coefficients
lead to increased void fraction gradients and larger bub-
bles.42,46 In our study, the choice of restitution coefficient
was found to have minimal influence on gas mixing for the
range investigated.

Turbulence diffusivity

In two-phase flows, the turbulence of the carrier phase
(continuous phase) plays an important role in mixing. Con-
siderable work has been done to model gas-phase turbulence
by taking interfacial turbulent momentum transfer into
account. However, a generally applicable turbulence model
for two-phase flow is not available. For dense solid flows
dominated by particle-particle collisions, such as flows in

bubbling or slugging fluidized beds, the turbulence of the
carrier phase is not of primary concern, and ignoring the
gas-phase turbulence may be a practical approximation. It
has been reported that gas turbulence has a negligible effect
on solids flow, as the inertia of particles damps out the tur-
bulence in the carrier phase.48–51 For most numerical simula-
tions of bubbling fluidized beds, no turbulence model or
only a simple subscale-grid model is used for the gas phase.
In this study, a dispersed turbulence model is employed to
model the gas flow with dilute suspension.20 When consider-
ing the fact that turbulent diffusion usually overwhelms
molecular diffusion in most flow problems, it is interesting
to examine the effect of turbulence on gas back mixing.

The influence of turbulent diffusivity is evaluated by turn-
ing on and off the turbulence model in 2-D simulations. As
expected, there is no substantial difference in both mean
solid-volume fraction and velocities profiles with/without the
turbulence. The tracer concentration profiles at upstream lev-
els are plotted in Figure 10 for the numerical simulations
with turbulent and laminar flow assumptions. Gas turbulence
is seen to have only a moderate influence on the predicted
tracer back mixing since back mixing is mainly caused by
solids downflow, which is almost unaffected by the gas tur-
bulence. However, in the downstream region, differences can
be observed in the tracer concentration contours as shown in
Figure 11. It is evident that turbulence enhances downstream
radial mixing, especially in the freeboard region, where tur-
bulent dispersion dominates the gas mixing. In view of this
finding, turbulence should clearly be considered when mod-
eling overall gas mixing in fluidized beds.

Wall-boundary condition

No-, partial- and free-slip wall-boundary conditions for
the solid phase have been used in numerical simulations of

Figure 9. Influence of tracer flow rates on lateral pro-
files of tracer concentration at different
upstream levels (Ug 50.35 m/s, H0 5 0.92 m,
ep 5 0.98, no-slip wall, ew 5 0.8).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 10. Influence of turbulence on lateral profiles of
tracer concentration at different upstream
levels (Ug 5 0.35 m/s, H0 5 0.92 m, / 5
0.05, ew 5 0.8 , c0 5 0.16).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 11. Contours of mean tracer concentration pre-
dicted by (a) laminar, and (b) turbulent flow
assumptions (Ug 5 0.35 m/s, H0 5 0.92 m,
c0 5 0.16, / 5 0.05, ew 5 0.8).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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different fluidization systems. The partial-slip wall boundary
condition proposed by Johnson and Jackson24 is most widely
used, requiring that, the specularity coefficient and particle-
wall restitution coefficient be specified. Direct measurement
of specularity coefficient is not feasible. Different values of
the specularity coefficient have been used in most numerical
simulations. Values of �0.5 are most common. A low value
is sometimes applied to high-velocity gas-solid flows such as
circulating fluidized beds.52–55 Benyahia et al.54 reported that
the specularity coefficient strongly affects the core-annular
flow pattern in dilute gas-solid systems. Zhang and Yu56

found a significant influence of wall boundary conditions on
the hydrodynamics of slugging fluidized beds, but no work
has been reported on the effect of the specularity coefficient
on mixing.

The wall-particle restitution coefficient specifies the dissi-
pation of particle granular energy by collisions with wall.
No data on this parameter were reported in the experiments

of Mason.17 Here, the influence of wall-particle restitution
coefficient is examined for ew ¼ 0.8, 0.9 and 1.0. Upstream
concentration profiles are shown in Figure 12. A higher par-
ticle-wall restitution coefficient tends to increase the gas
back mixing slightly. It has been reported57,58 that the wall
restitution coefficient plays only a minor role, consistent
with this study where varying the wall-restitution coefficient
did not affect the model predictions significantly, especially
far upstream.

Predicted upstream tracer concentration profiles are com-
pared in Figure 13 for / ¼ 0.5, 0.05, 0.005, and 0. Predic-
tions corresponding to the no-slip solid-phase wall boundary
condition are also presented. As in previous studies,53,54 a
small specularity coefficient leads to higher solid concentra-
tion, with a higher downward velocity close to the wall. This
is evident as the specularity coefficient is decreased from
0.05 to 0, the latter corresponding to free-slip at the wall.
Gas back mixing is clearly enhanced by solids downflow,
and a high-upstream tracer concentration is predicted for low
specularity coefficients. Once the specularity coefficient
exceeds 0.05, it plays only a small role.

3-D Simulation with a low-specularity coefficient

Among various parameters examined in the sensitivity
analyses, the specularity coefficient in the wall-boundary
condition shows the greatest impact on predicted gas back
mixing. It is expected that the wall effect should be more
significant in 3-D columns than in 2-D systems. Benyahia
et al.54 suggested adjusting the specularity coefficient to fit
the experimental data. However, this is unlikely to be feasi-
ble for large-scale fluidized beds with, only limited experi-
mental data available.

Figures 14 to 16 compare predicted axial concentration
profiles for / ¼ 0.05 and 0.005 with experimental data for
three superficial gas velocities. A higher upstream tracer
concentration is predicted for the low-specularity coefficient
for all cases simulated, consistent with the 2-D parametric
analyses. The low-specularity coefficient predictions show
improved agreement with experimental data for Ug ¼ 0.35
m/s. However, the upstream concentration profiles tend to be

Figure 12. Effect of particle-wall restitution coefficients
on lateral tracer concentration profiles at
different upstream levels (Ug 5 0.35 m/s, H0

5 0.92 m, c0 5 0.16, / 5 0.05).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 13. Effect of specularity coefficient on lateral profiles of upstream tracer concentration at (a) z 5 0.9 m,
(b) z 5 0.7 m (Ug 5 0.35 m/s, H0 5 0.92 m, c0 5 0.16, ew 5 0.8).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

AIChE Journal September 2010 Vol. 56, No. 9 Published on behalf of the AIChE DOI 10.1002/aic 2289



overpredicted for the other two gas velocities, especially for
the lowest velocity of 0.18 m/s. This may suggest that the
specularity coefficient is dependant on the superficial gas ve-
locity, in addition to particle and wall properties.

The aforementioned analyses are confirmed by the radial
profiles of tracer concentration shown in Figures 17 to 19.
Downstream, as shown in Figure 17, no significant differ-
ence can be observed, except that the concentration pro-
files become slightly flatter, indicating improved radial
mixing, as / decreases from 0.05 to 0.005. Below the
injection level, higher concentrations are predicted for low-
specularity coefficient for all three cases. Figures 18 and
19 indicate that / ¼ 0.005 gives good agreement with ex-
perimental data for Ug ¼ 0.35 m/s, while a slightly higher
specularity coefficient would give better agreement for the
other two gas velocities. Again a lower superficial gas ve-
locity requires a higher specularity coefficient. In-depth
study is needed to clarify the relationship between specu-
larity coefficient and superficial gas velocity, wall rough-
ness and particle shape.

Back mixing

In fluidized-bed reactors, axial dispersion can significantly
decrease conversion and product selectivity, and is, there-
fore, undesirable in most applications. It has been demon-
strated in many studies59–63 that gas back mixing is due to
solids downflow, which drags gas downward when the ve-
locity of descending particles exceeds the interstitial gas ve-
locity. As shown previously, upstream tracer concentration
near the wall is higher than in the central region of the col-

umn because solids downflow occurs predominantly close to
the wall.

Mixing models are often used to characterize experimental
data on gas mixing. Due to its simplicity, the most widely
used model is the 1-D axial dispersion model (ADM).2,64,65

In that case, based on an analogy with molecular diffusion,
the axial dispersion coefficient quantifies gas mixing, lump-
ing the combined effects of velocity fluctuations, nonuniform
velocity profiles, and molecular diffusion into a single pa-
rameter, obtained by fitting experimental tracer data. The
model may cause inaccurate predictions as it ignores radial
gradients of concentration, voidage, and velocity,66 disre-
gards concentration differences between bubbles and dense
phase,12 and assume small-scale random mixing steps rather
than large convective pulses or eddies.7 For these reasons,
2-and 3-D dispersion models and multiphase models are of-
ten inaccurate. Moreover, they require solution of partial dif-
ferential equations and need many inputs.

Thanks to CFD simulations, it is possible to obtain key in-
formation to study mixing in fluidized beds. As an alterna-
tive means to characterize back mixing, we define an instan-
taneous tracer backflow fraction Btracer, the ratio of down-
ward tracer flow through a cross section to the total tracer
injection flow rate, i.e.

Btracer ¼ 1

2

ZZ
A

agðjug;zj � ug;zÞctracerds=Qtracer (5)

Similarly, an instantaneous gas backflow fraction Bg,z, can be
defined as

Figure 14. Axial profiles of mean tracer concentration
at r 5 0 for Ug 5 (a) 0.183 m/s, (b) 0.274
m/s, and (c) 0.354 m/s.

Figure 15. Axial profiles of mean tracer concentration
at r 5 28 mm for Ug 5 (a) 0.183 m/s,
(b) 0.274 m/s, and (c) 0.354 m/s.
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Bgas ¼ 1

2

ZZ
A

agðjug;zj � ug;zÞds=Qgas (6)

where A indicates the cross section of the column, ug,z is the
component of gas velocity in the flow direction. Qgas and
Qtracer are the steady flow rates of fluidizing gas and tracer
through the downstream cross section, respectively. With these
two parameters, the gas back mixing is more accurately
characterized than by axial dispersion models, which neglect
the existence of two phases and their differences in volume
fractions, gas velocities, and gas-flow rates, as well as being
based on a deficient analogy.7

Figure 20 plots time-variations of tracer backflow fraction
and gas backflow fraction upstream (z ¼ 0.8 m) and down-
stream (z ¼ 1.3 m) predicted by the 3-D numerical simula-
tion. Intermittent gas and tracer backflow is predicted in
both regions. The frequency of backflow is closely related
to the slug frequency, as discussed later. There is significant
backflow when a slug passes, with the peak magnitude of
gas backflow fraction as high as two. It should be noted that
the net gas flow through the cross section is still upward,
although significant local instantaneous downward flow takes
place. However, upstream, i.e., beneath the injection point,
the time-averaged tracer gas flow through a cross section is
zero by continuity. In the downstream region, profiles of
Btracer and Bgas are similar due to constant flow rate ratio of
tracer gas and fluidizing gas and radial mixing of tracer
with the fluidizing gas. However, in the upstream region,
the backflow fraction of tracer is much smaller than that of
the fluidizing gas, as only a small fraction of the tracer gas,
injected on the axis of the column, is brought back and
transported to that level. In addition, there are substantial

Figure 16. Axial profiles of mean tracer concentration
at r 5 36 mm for Ug 5 (a) 0.183 m/s, and (b)
0.274 m/s, and (c) 0.354 m/s.

Figure 17. Radial profiles of mean tracer concentration
above the injection level for Ug 5 (a) 0.183
m/s, (b) 0.274 m/s, and (c) 0.354 m/s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 18. Radial profiles of mean tracer concentration
at z 5 1.0 m for Ug 5 (a) 0.183 m/s, (b) 0.274
m/s, and (c) 0.354 m/s.
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differences between the tracer and gas backflow fractions
compared with those downstream, due to the unsteady varia-
tion of back mixing with time as a result of bubble/slug
movement.

Figure 21 shows instantaneous contours of solid-volume
fraction and gas-back flux, defined as 0:5 agðjug;zj � ug;zÞ, in

a vertical symmetry plane 43.7 s after start-up. There is a
close relationship between the bubble/slug activities and the
downward flow patterns, with backflow predominantly taking
place close to the wall as slugs pass. It can be observed that
tracer back mixing takes place due to radial gas mixing from
the center injection port to the wall region, from where it is
carried downward below the injection level. The back mixed
tracer is then gradually extracted and carried upward by the
upward gas flow. This is consistent with the mechanism

Figure 20. Tracer backflow fraction and gas backflow
fraction vs. time across two planes; (a) z 5
0.8 m, (b) z 5 1.3 m (Ug 5 0.354 m/s, / 5
0.005, c0 5 11%).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 21. Contours of (a) solid-volume fraction, and
(b) gas-back flux in a vertical symmetry
plane at t 5 43.7 s (Ug 5 0.354 m/s, 5 0.005,
c0 511%).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 22. Time-averaged profiles of cross-sectional
gas and tracer backflow rate profiles along
the height of the column (Ug 50.354 m/s, 5
0.005, c0 5 11%; dashed vertical line: injec-
tion level; dashed-dot vertical line: bed sur-
face).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 19. Radial profiles of mean tracer concentration
at z 5 0.9 m for Ug 5 (a) 0.183 m/s, (b) 0.274
m/s, and (c) 0.354 m/s.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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explained by van Deemter.67 Hence, tracer back mixing is
associated directly with gas and solids recirculation inside
the system.

Mean gas and tracer backflow fractions at different heights
predicted by the 3-D simulation are plotted in Figure 22.
The gas backflow fraction is seen to increase gradually from
zero at the distributor to a maximum in the upper region of
the dense bed, then decreasing toward zero in the freeboard.
Above the injection level, the profiles of tracer and gas back-
flow fractions become more and more similar. Below the
injection level, the profile of tracer backflow fraction devi-
ates clearly from the gas backflow fraction. The upstream
tracer backflow fraction depends on both the gas backflow
and the amount of tracer gas brought down to that level. The
further upstream one looks, the smaller the concentration of
tracer gas.

Gas back mixing was also investigated by examining the
cross-sectional tracer concentration and the tracer and gas

backflow fractions predicted by 2-D simulations. The profiles
of tracer and gas backflow fractions were almost identical
when the transient numerical data were averaged over time
intervals of 20, 30, and 50 s. Hence, in the remaining analy-
ses, the profiles are averaged over 30 s for 2-D simulations
and 20 s for 3-D simulations.

The influence of no-, partial- and free-slip wall boundary
conditions on axial tracer concentration, tracer and gas back-
flow fractions is demonstrated in Figure 23. For the partial-
slip boundary condition, a specularity coefficient of 0.05 is
used. The particle-wall restitution coefficient was 0.8 in all
cases. Except where otherwise noted, the axial tracer concen-
tration profiles presented hereafter are cross-sectional aver-
ages of the numerical data. Profiles of tracer concentration,
tracer and gas backflow fractions for the free-slip boundary
condition differ considerably from those with partial- and
no-slip wall conditions. Above the injection level, c/c0 [ 1
for all cases. It is also notable that the bed expansion

Figure 24. Influence of superficial gas velocity on axial
profiles of (a) cross-section averaged tracer
concentration, and (b) tracer and gas back-
flow fractions. (line: tracer backflow frac-
tion; line 1 symbol: gas backflow fraction).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 23. Influence of different wall boundary condi-
tions on (a) cross-sectional averaged con-
centration, (b) tracer and gas backflow frac-
tion profiles (Ug 5 0.2 m/s, c0 50.1; line:
tracer backflow fraction; line 1 symbol: gas
backflow fraction).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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predicted with the free-slip wall condition is 15% lower than
for the other two cases. Although it is not clear which wall-
boundary condition is most appropriate, the free slip wall-
boundary condition should be used only with caution. Note
also that the results imply that both wall roughness and par-
ticle roughness (also shape) may significantly affect the
extent of gas back mixing and the axial dispersion.

Results not shown here were also obtained for different
tracer flow rates. The tracer back mixing decreased slightly
as the injected pure tracer volumetric flow increased from
0.042 to 0.1 times the flow rate through the distributor. Pro-
files of axial tracer concentration, tracer and gas backflow
fractions are shown in Figure 24 for superficial gas velocities
of 0.1 and 0.3 m/s, with the tracer flow rate adjusted to
maintain c0 ¼ 0.1. As the static bed height is constant,
increased bed expansion with increasing gas velocity can be
clearly observed. It can also be seen that the tracer backflow
fraction increases with increasing superficial gas velocity. In
an experimental slugging fluidized bed, gas back mixing has
been reported to increase with increasing gas velocity and to
go through a maximum near the transition to the turbulent
fluidization regime.4 As the gas velocities studied are below
the transition velocity from slugging to turbulent fluidization,
current numerical results are consistent with this experimen-
tal finding.

Conclusion

Three- and two-dimensional CFD simulations were per-
formed for a fluidized bed in which detailed experimental
measurements of gas mixing were reported in the literature.
Detailed parametric studies were conducted, and the influ-
ence of several key parameters and assumptions were inves-
tigated. It was found that the solid-phase wall-boundary slip
condition needs to be specified with great care when gas
mixing is modeled, with free slip, partial slip and no-slip
wall-boundary conditions giving substantial differences in
the extent of gas downward transport at the wall. Axial and
radial tracer concentration profiles are in reasonable agree-
ment with the experimental data only if the specularity coef-
ficient is chosen to give a good fit. CFD is a valuable tool
for studying gas mixing in fluidized beds.

In this study, gas back mixing occurs due to intermittent
downward motion of particles, especially those near the wall
when gas slugs pass. Radial mixing of gas then transfers gas
from the wall region to the interior of the region upstream
of the trace injection level. Two new parameters, the tracer
backflow fraction and the gas backflow fraction are intro-
duced to assist in interpreting the axial dispersion results in
numerical simulations. Qualitative trends are consistent with
previous experimental findings.
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Notation

A ¼ cross-sectional area, m2

Bgas ¼ gas backflow fraction
Btracer ¼ tracer backflow fraction

Cflux ¼ mean flux-based concentration, %
c ¼ tracer concentration, mole fraction
c0 ¼ tracer concentration at exit, mole fraction

C1, C2 ¼ model constants of k � e model
dp ¼ particle diameter, m
D ¼ column diameter, m

Dm ¼ gas molecular diffusivity, m2/s
Dp ¼ diffusion coefficient, m2/s
ep ¼ coefficient of restitution for interparticle collisions
ew ¼ coefficient of restitution for particle-wall collisions
g ¼ gravitational acceleration, m/s2

G ¼ production of turbulent kinetic energy, kg/m-s3

H0 ¼ static bed height, m
H ¼ expanded bed height, m
k ¼ turbulent kinetic energy of gas phase, J/kg

kgp ¼ covariance of the velocities of gas phase and solid phase, J/kg
P ¼ pressure, Pa

Ps,fric ¼ solid frictional pressure, Pa
Ps,vis ¼ solid pressure based on kinetic granular theory, Pa
Qgas ¼ gas-flow rate, m3/s

Qtracer ¼ volumetric flow rate of tracer gas, m3/s
r ¼ radial distance, m

Sc ¼ Schmidt number
t ¼ time, s

Ug ¼ superficial gas velocity, m/s
Umf ¼ minimum fluidization velocity, m/s
Ums ¼ minimum slugging velocity, m/s
~Vg ¼ velocity of gas phase, m/s
~Vp ¼ velocity of solid phase, m/s

~vp;dr ¼ drift velocity of particle, m/s
Yt ¼ tracer-mass fraction
z ¼ axial distance above distributor, m

Greek letters

ag ¼ gas-volume fraction
aP ¼ solid-volume fraction

ap,min ¼ solid-volume fraction to activate frictional model
ap,max ¼ maximum solid-volume fraction

bgp ¼ gas-solid drag coefficient, kg/m3-s
e ¼ dissipation rate of gas-phase turbulent kinetic energy, m2/s3

/ ¼ specularity coefficient
l ¼ gas viscosity, Pa-s

Hp ¼ granular temperature, J/kg
qg ¼ fluidizing gas density, kg/m3

qp ¼ particle density, kg/m3

rk, re ¼ model constants of k � e model
r
¼
p ¼ solid-stress tensor, Pa

s
¼
g;eff ¼ gas-stress tensor, Pa

Subscripts

back ¼ backflow
g, gas ¼ gas phase

p ¼ particle/solid phase
tracer ¼ tracer gas
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